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Surface evaporation of turbulent failing films 
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Abstract--In refrigeration and heat pump applications, falling film evaporators should be very attractive 
due to high heat transfer coefficients with negligible pressure drop. In this paper results from an experimental 
study with refrigerant R12 are reported. The results are compared with existing correlations in the literature 
and the need for a new correlation is recognized. The following equation is derived with data from three 
different sources (including the present study and the study of Chun and Seban) : 

NM = 0.012 ReoZb Pr” 53. 

The equation has been validated with data from three additional studies. 

INTRODUCTION 

FALLING film evaporators are today used particularly 
for concentrating heat sensitive liquids, such as fruit 
juices. They have inherent characteristics such as high 
heat transfer coefficients and, except in vacuum appli- 
cations, negligible pressure drop. This means that the 
temperature difference between the heating medium 
and the evaporating liquid can be small. In refriger- 
ation and heat pump applications, these features 
should be very attractive, since the evaporation tem- 
perature directly influences the cycle performance. 
This is the reason for the research activities at the 
Department of Heat and Power Technology, Chal- 
mers, Sweden, on falling film evaporation of refriger- 
ants in vertical tubes [ 1, 21. 

When using falling film evaporators as concen- 
trators, the flow regime is normally laminar or near 
laminar. This is due to the concentration specification 
on the liquid at the evaporator outlet. A certain frac- 
tion of the incoming liquid must be evaporated, which 
leads to low inlet flow rates since the allowed heat flux 
is limited. The heat transfer regime is normally surface 
evaporation, since the temperature differences are 
kept too low for initiating nucleate boiling. With pure 
refrigerants the above limitations are not present. Tur- 
bulent flow can be used throughout the whole evap- 
orator if non-evaporated liquid is recirculated. This 
means increased heat transfer coefficients as well as 
better wetting of the evaporator tubes. Nucleate boil- 
ing could also occur, since nucleate boiling with 
refrigerants normally is initiated at a lower temper- 
ature difference compared to water at normal press- 
ure. This paper will, however, be restricted to surface 

evaporation in the turbulent regime. 

t There exist two common ways to express the Reynolds 
number. The difference is a factor of 4. In the following all 
equations are rewritten, if necessary, to the relevant defin- 
ition in the present paper. 

There are numerous studies on heat transfer to fall- 

ing films in surface evaporation, but there are not 
many which include Reynolds numbers above, say, 
10000. Both empirical and theoretical models exist, 
but the most often cited experimental study is the one 
of Chun and Seban [3] from 1971. Handbooks, such as 
VDI-Viirmeatlas [4] and Handbook of’ Heat Transfer 

Fundamentals [5], recommend Chun and Seban’s 
empirical correlation for the turbulent regime. The 
latter also recommends Chun and Seban’s correlation 
for the laminar regime. It is also quite common to 
evaluate theoretical models by comparison with the 

results of Chun and Seban, for example Hubbard et 
al. [6], Seban and Faghri [7] and Yih and Liu [8]. The 
findings of the studies [l, 21, however, show that it is 
doubtful if Chun and Seban’s results for the turbulent 
regime can be extrapolated outside their experimental 

conditions. This is of course not a surprising result 
for an empirical correlation, but still it is seldom 
pointed out. 

Since the main interest for the present study is 
refrigerants in the turbulent flow regime, those studies 
with refrigerants as the test fluid known to the authors 
are summarized below (in chronological order) 
together with the study of Chun and Seban. 

PREVIOUS STUDIES 

Struve [9] made measurements at atmospheric press- 
ure with refrigerant Rl 1. The tube was heated by 

condensing steam and the measurement section was 
located at the tube bottom. Tubes of different surface 
roughness were used but the surface did not influence 
the heat transfer in surface evaporation. The thermal 
developing length was studied by using several tubes 
of different lengths (varying between 0.15 and 1.25 m) 
and the thermal entry length was given as 0.40.8 m. 
The equation describing surface evaporation of Rl 1 at 
atmospheric pressure for developed flow was given as-l- 
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specific heat at constant pressure 
[J kg-’ K-‘1 
tube outside diameter [m] 

Rf+*p vapour Reynolds number 
W mass flow rate [kg ss’]. 

: 

gravitational acceleration fm s-‘1 
heat transfer coefficient [W m ’ K -- ‘1 

Greek symbols 

k thermal conductivity [W m-l K-l] 
l- liquid film flow per perimeter (for a tube 

L heated length ]m] 
F = W/(d)) [kgm -‘s. ‘1 

Lf! thermal entry length [m] c1 dynamic viscosity [kg m ’ s. ‘1 

AT* dimensionless distance, LJLE 
v kinematic viscosity [m’s - ‘1. 

‘ u v 
Pt- 

Re 

Nusselt number, (h/k) (v’/g)‘!’ 
Prandtl number, c,,,p/k 
liquid Reynolds number, 41-/p 

Miscellaneous 

S&,1 !+l A7F: standard error of estimate. 

Nu = 0.0079 RiP4’. (1) at Re = 10 000 the difference has decreased to 13%. 

The Prandtl number was 4.1 and the maximum Reyn- 
olds number was around 9000. Struve compared his 
results with the theoretical analysis from Dukler [IO], 
which for the turbulent regime was approximated by 
Struve with 

Nu = (0.1 lo- {0.565j(Pr+5.47))) R8,29’. (2) 

With Pr = 4.1 the above equation overestimates the 

heat transfer by 65% at Re = 2000 and by 26% at 
Re = 9000 compared to equation (1). Even so, Struve 
recommended equation (2) for surface evaporation 
with Prandtl numbers between 1 and 10. 

Chun and Seban [3] used an electrically heated tube. 
The tube was 0.6 m long, but only the bottom half 

was heated. Test fluid was water. The thermal entry 
length was given as 0.2 m. The pressure range was 
0.004-0.1 MPa and the liquid Prandtl number varied 
between 5.7 and 1.8. The maximum mass flow rate 
was kept approximately constant. which resulted in a 
systematic variation of the maximum Reynolds num- 
ber with the evaporation temperature and thus with 
the Prandtl number. The maximum Reynolds number 

at a Prandtl number of5.7 was 8000 while at a Prandtl 
number of 1.8 the maxirnul~ Reynolds number was 
21000. This resulted in a correlation between the 

Prandtl and Reynolds numbers, which makes the 
resulting equation rather unsuitable for extrapolation. 
The equation given by Chun and Seban for the tur- 

bulent regime was 

Nu = 0.0038 Ret’,4 Pro hS. 

The start of the turbulent regime was given as 

(3) 

Rc) = 5800 Pr- ‘.Oh. (4) 

Chun and Seban compared their results with the 
analysis from Dukter (that is with Struve’s equation 
(2)) but found the agreement to be poor. If equations 
(2) and (3) are compared at Pr = 4.1 (corresponding 
to Struve’s experimental conditions), equation (2) 
gives 45% higher Nusselt numbers at RP = 2000 while 

A comparison between equations (1) and (3) shows 
better agreement. Equation (1) gives approximately 
10% lower values than equation (3) for the same 
Reynolds number at Pr = 4.1. 

Elle [l I] made experiments with pure R11 and mix- 
tures of RI1 and mineral oil near atmospheric 

pressure. The tube was 0.975 m long and electrically 
heated. The thermal entry lengrh was given as 0.25- 
0.4 m. For the heat transfer of pure RI I at 0.12 MPa 

(PY = 4.2), the following equation was given for the 
turbulent regime (maximum Reynolds number in the 
study was 6000) : 

IVU = 0.0092 R~T’,~, (5) 

This gives results which are close to the ones of Chun 
and Seban. Values from equation (5) lie 5%~ below 
equation (3) with PF’ = 4.2. Elle varied the Prandtl 
number in a wide range by adding mineral oil. He 
concluded that Struve’s approximation of the results 
from Dukler gave a correct Prandtl number depen- 
dence, although the values were approximately 30% 
too high. The resulting equation given by Elle. includ- 
ing a Prandti number dependence, is therefore equa- 
tion (2) m~Itiplied by 0.71 or 

Nu = (0.078-{0.40l/(Pr+5.47)}) Re’.‘“, (6) 

A comparison between equations (6) and (5) shows 
good agreement in the Reynolds number range 
studied. At RP = 2000 equation (6) overestimates the 
heat transfer by 10% while at Re = 6000 it under- 
estimates the heat transfer by 9% compared to equa- 

tion (5). 
Fagerholm et af. [ 121 used refrigerant R114 in their 

study. The tube was 2 m long and the test fluid was 
distributed on the outside of the tube. Hot water was 
flowing on the tube inside and used as heating 
medium. The size of the thermal entry region is not 
given, since only average values of the whole tube 
were measured. Pressures between 0.2 and 0.37 MPa 
and Reynolds numbers up to 11000 were studied. The 
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measured values at the lowest pressure 0.2 MPa (with 
Pv = 5.4) was represented by the following equation : 

Nu = 0.026 Re’ 3’. (7) 

This gives values in good agreement with the cor- 
relation of Chun and Seban (equation (3)) at Reyn- 
olds numbers above 3000. Equation (7) overestimates 
the heat transfer by 10% at Re = 3000 while the 
difference is negligible at Re = 11 000. Based on this 
good agreement, the authors recommend equation (3) 
for other Prandtl numbers. 

Munch Berntsson [l] used a similar test rig as 

Fagerholm, though the falling film was distributed 
on the tube inside. Liquid Rll was used as heating 
medium. The apparatus of Munch Berntsson was pri- 
marily designed for heat transfer measurements of 
non-azeotropic mixtures, but measurements with pure 
refrigerants were also made. Surface evaporation was 
studied with refrigerants R12 and Rl14 at 288 K and 
Rl I at 296 K. The measured heat transfer was com- 
pared to equations (3), (2) and (for Rl 1 only) equa- 
tion (1). The results showed that equation (2) over- 
estimated the heat transfer for all fluids, while 
equation (3) gave reasonable agreement for RI2 
although the observed heat transfer was less depen- 

dent of flow rate than predicted by equation (3). For 
the other two refrigerants equation (3) gave too high 
values. Since the Prandtl numbers for Rll and Rl14 
were higher than the Prandtl number for R12, this 
indicates a lower Prandtl number dependence than 
given in equation (3). The measured heat transfer for 
Rl 1 was well described by Struve’s equation for Rl 1 
(equation (l)), especially for Reynolds numbers below 
10000. 

EXPERIMENTAL EQUIPMENT AND 

PROCEDURE 

The experimental equipment used in the present 

study is schematically shown in Fig. 1. The test tube, 
25 mm id., was made of a Ni-Mo-Cr alloy (Has- 
telloy-276). It was part of an electric d.c. circuit and 
thus directly heated. The heated length used was 2.16 
m and the whole plant was thermally insulated from 
the surroundings. 

This project started before the ongoing debate 
about the depletion of the atmospheric ozone layer. 
This explains the choice of test fluid, CFC refrigerant 
R12. (The use of R 12 is now restricted by the Montreal 
protocol.) Its physical and thermodynamic properties 
are well known. The liquid was distributed on the 
inside of the tube through a sintered metallic filter. 
The vapour formed was condensed in a condenser. 
Non-evaporated liquid was mixed with the conden- 
sate and pumped through a subcooler to the dis- 
tributor again. The evaporation pressure was kept 
constant by a presssure regulator which controlled the 
brine flow rate to the condenser. 

A total of 27 steel sheathed copper-constantan 

/ 
Power 
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\ 

FIG. 1. 
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thermocouples were installed in the plant (the sheath 
and thermocouple wires were electrically insulated). 

The temperature differences between wall and satu- 
rated vapour were measured at 18 different locations. 
In order not to disturb the liquid film or the heat flux 
generated in the tube, the 18 wall thermocouples were 
soldered to the outer wall. The inside wall temperature 
could be calculated from the heat conduction equation 
with internal heat production since the thermally insu- 
lated outside surface could be considered to be adia- 
batic. From Fig. 1 it is seen that these 18 thermo- 
couples were located at six different levels, three at 
each level, equally spaced around the perimeter. One 
level was located above the heated section. This ‘extra’ 
measurement made it possible to verify that the axial 
thermal conduction was negligible. The rest of the 
thermocouples were mainly used for supervising pur- 
poses. Temperature measurement errors were esti- 
mated to be around 0.05 K. 

The experiments were used to get heat transfer data 
for both surface evaporation and nucleate boiling, 
although only surface evaporation will be discussed 
here. Therefore the following parameters were varied : 

0 refrigerant flow ; 
0 evaporation pressure ; 
l heat flux. 

In each run, the inlet flow rate and evaporation press- 
ure were kept constant while the heat flux was 
increased step by step and the resulting temperature 
differences at steady-state were recorded together with 
measured heat flux. The maximum heat flux was 
adjusted to evaporate approximately 80% of 
incoming liquid. The flow rate was varied between 
0.5 and 4 dm3 mini’ while the pressure was varied 
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between 0.25 and 0.85 MPa. This resulted in Reynolds 
numbers between 2000 and 18 000. The liquid Prandtl 
number was around 3 and practically constant in the 

pressure range studied. (The corresponding tem- 
perature interval was 267-308 K.) 

The basic element in the evaluation procedure was 
the establishing of the boiling curve. That is a plot of 
heat flux vs wall superheat for constant mass flow 
and pressure. For each run five boiling curves were 

constructed, one for each level. The wall superheat 
was taken as the average value around the perimeter. 
The assumption that the position around the circum- 
ference was insignificant was validated by variance 
analysis. Points lying on a straight line through the ori- 
gin of the boiling curve represents surface evaporation. 
The departure from the straight line was taken as 
the onset of boiling. In this way the measured points 
representing surface evaporation were identified. 

RESULTS 

Local Reynolds numbers and mass vapour quality 
were calculated from inlet flow rate, inlet subcooling, 
heat flux, and level. Due to the small inlet subcooling 

a fraction of the tube was used to bring the liquid to 
saturation. Since we were interested in evaporation 
(and not in heating) in the turbulent flow regime, 

observations with a quality of less than 1% or with 
a Reynolds number below 1800 were excluded. The 
critical Reynolds number 1800 for the start of the 
turbulent flow regime was taken from equation (4) 
(from ref. [3]) using Pr = 3. Based on regression the 
following equation for surface evaporation was 

derived : 

Nu = 0.027 Reo2’ 

%STlMATE = 0.017 (8) 

where SEESTIMAT~ is the standard error of estimate 

at the mean Reynolds number. A residual plot of 

W0BSER”ED - NUWX& vs the Prandtl number did 

not show any Prandtl number dependence. This is 
explained by the fact that the Prandtl number for R12 
in the temperature range studied is nearly constant 
(Pr z 3) as mentioned above. This means that the 
Prandtl number dependence could not be determined 
in this study. If the residuals instead were plotted vs 
heated length, a clear dependence could be seen (see 
Fig. 2). However, as could be seen from the figure, 
the length dependence seems to cease around 1.3 m. 
The most simple and likely explanation is that there 
exists a long thermal developing region. In order to 
keep the equation dimensionless, a dimensionless dis- 
tance 5?* was introduced 

_Y* = L/L, for L < L, 

2?*=1 forLaL, (9) 

where L, is the thermal entry length and L the heated 
length. In the regression, L, was an adjustable par- 
ameter. Best fit was obtained by setting LE = 1.36 m. 
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FIG. 2. 

The resulting equation including length dependence 
was 

Nu = 0.026 Re’ 25 Z*-” ” 

SEESTIMATE = 0.012. (10) 

The pressure drop along the tube was so small that it 
could not be detected by the manometers used (reso- 
lution 5 kPa). This indicates that the generated vapour 
did not exert any significant vapour shear on the liquid 
film. Heated length and vapour Reynolds number 
(and consequently also vapour shear) are, however, 
correlated since vapour is generated along the tube 
and vapour Reynolds number thus increases with 
heated length. As a check RevAp was used instead of 
Y* in the regression. This lead to higher residuals 

(larger SEES1.,MATE) and it was concluded that the 
length dependence was indeed the result of thermal 
development. Plots of residuals vs heat flux and press- 
ure did not reveal any further dependence. Equation 
(10) is thus the final equation chosen to represent 
surface evaporation of RI2 in the pressure and 

Reynolds number range studied. 

DISCUSSION 

How well does the general equations for surface 
evaporation, that is the equations that include both 
Reynolds and Prandtl number dependence, describe 
the observations from the present study? In Fig. 3, the 
observed Nusselt numbers are plotted vs Reynolds 
numbers. Included in the figure are the correlations 
from Chun and Seban (equation (3)) with Pr = 3 and 
equation (10) with _Y* = I. At Reynolds numbers in 
the lower range, equation (3) predicts Nusselt num- 
bers of the correct size but the discrepancy increases 
with increasing Reynolds numbers. The observed 
values at a thermal length of 0.29 m (and a hydro- 
dynamic flow length of 0.71 m) fit reasonably well to 
equation (3) in the whole range of Reynolds numbers. 
Note that equation (3) was derived with measured 
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values at a thermal length of 0.1-0.2 m and a hydro- 
dynamic flow length of 0.54.6 m. Figure 4 shows 
equations (2), (3) and (5) for Pr = 3 and equation 
(10) with LZ* = 1. Equations (5) and (10) are very 
similar for this Prandtl number, while equation (2) 
gives 40% higher values. As noted above, the cor- 
relation from Chun and Seban gives Nusselt numbers 
of the same magnitude as equations (5) and (10) at 
Reynolds numbers in the lower range (k 10% for 
Reynolds numbers between 2000 and SOOO), but at 
Re = 20000 the estimated Nusselt numbers are 
approximately 30% higher. The Reynolds number 
dependence is apparently too high in equation (3) to 
describe the observed heat transfer in this study over 
the whole Reynolds number range. A lower Reynolds 
number dependence is also noted in the study of 
Munch Berntsson [l]. Munch Berntsson also found a 

too high Prandtl number dependence in equation (3). 
One possible explanation of the inadequacy of equa- 
tion (3) at high Reynolds numbers is the inherent 

---- Chun and Seban (Eq. 3) 
Struve (Eq. 2) 

0.1 - ----- Elk (Eq. 5) 

0.0 

0 5000 10000 15000 20000 

Re 

FIG. 4. 

correlation between the independent variables in 
Chun and Seban’s data mentioned earlier. At Prandtl 

numbers between 3 and 6 (common values for 
refrigerants) the maximum Reynolds numbers in their 
study were 14 000 and 8000, respectively. In most stud- 
ies with refrigerants, the maximum Reynolds number 
has been around or below these values. The exceptions 
are the present study and the one of Munch Berntsson. 
This could explain why equation (3) has been widely 
recommended in the past. 

In order to overcome the limitations in equation (3) 

and to make more general use of the results in the 
present study, regression analysis has been applied on 
the material from the present study in addition to the 
data from Munch Berntsson and Chun and Seban. 
The data from Chun and Seban have been extracted 
from plots in ref. [3], while the data from Munch 
Berntsson were available from the author. In the com- 
bined material from these three sources, the cor- 
relation between the Reynolds and the Prandtl num- 
bers was insignificant. The maximum Reynolds 
number in the data was 27000, while the lower limit 
was given by equation (4). Minimum and maximum 

Prandtl numbers were 1.8 and 5.7, respectively. 
In the regression a weight variable was used to 

hinder the data from the present study to dominate 
due to its larger number of observations. With the 
weight function, each study became equally impor- 
tant. (Weight was simply the inverse of the number of 
observations for each study.) The resulting equation 
was 

Nu = 0.012 Re0.28 Pro.53 

S&T,MATE = 0.028. (11) 

The exponents in the Reynolds and Prandtl numbers 
are considerably lower than in equation (3). In Fig. 5, 
the observed Nusselt numbers are plotted vs predicted 
values. The maximum error is 20%. 

The standard error of estimate from equation (11) 
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could be compared to the standard errors given by 
equations (2), (3), and (6) used on this material. They 
are : 

equation (2) : SEESI.,MATE = 0.066 

equation (3) : SE,,,,,,,, = 0.052 

equation (6): SE,,,.,.,,, = 0.029. 

The correlation from Elle, equation (6), gives errors of 
the same size as equation (11) (SEF,ST,MATE = 0.028). 
That equation could therefore also be recommended, 
although it is written in a somewhat unconventional 
form and the number of parameters is four compared 
to three in equation (11). 

Even though the observed values were not available 
from the studies of Struve, Elle and Fagerholm, and 
thus not included in the regression, the equations 
describing the heat transfer for their respective fluids 

(equations (l), (4), and (5)) could be used to check 
the validity of equation (11). The result is found in 

Table 1. Nusselt numbers were calculated given in 
the respective references for the Reynolds numbers 
covered in the respective studies. Comparison was 
made with equation (11) using the appropriate 
Prandtl number. The maximum error is around 15%. 
It is the results from Fagerholm et al. [ 121 which differ 
most. Fagerholm et d’s results overestimate the heat 
transfer compared to equation (11). This could bc 
explained by the fact that the observed Nusselt num- 
bers are average values over the whole tube and thus 
higher than the Nusselt numbers for fully developed 
flow. 

CONCLUSIONS 

The well-known correlation from Chun and Seban 
(equation (3)) [3], describing heat transfer in surface 
evaporation for turbulent falling films, is shown to 
predict the heat transfer reasonably well for refriger- 
ants if use of the correlation is limited to the Reynolds 
and Prandtl numbers covered in the original study. 
Large errors could occur when the correlation is extra- 

Table I. 

Study 

Chun 

Present 

Struve 

Elle 

Fagerholm 

Equation Error 
Pr Re number (%)t 

5.7 8000 3 -15 
2000 f3 

1 .I1 21000 -12 
4000 f8 

3 18000 10 +I0 
2000 f3 

4.1 8000 I *0 
3200 +11 

4.2 6000 4 -2 
3200 +6 

5.4 1 I 000 6 -17 
3000 -13 

t Error is the error compared to equation (11). 

polated to higher Reynolds numbers. A new corre- 
lation, using the data from Chun and Seban together 
with data from Munch Berntsson and the present 
study, describes the results from six different studies 
within 15%. The new recommended equation describ- 
ing surface evaporation of turbulent falling films 
reads : 

Nu = 0.012 Re0-28 Pr” ” 

SEES.I.,MATF = 0.028. 

The turbulent regime starts according to Chun and 
Seban at 

Re = 5800 Pr-- ’ “’ 

and the equation is derived under this assumption. 
The maximum Reynolds number in the data was 
Re = 27000 and the Prandtl number range covered 
by the data was I .&5.7. 
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EVAPORATION EN SURFACE DES FILMS TOMBANTS TURBULENTS 

RBsum&Dans les applications de refrigeration et de pompe a chaleur, les ivaporateurs a film tombant 
sont trts inttressants par leur coefficient de transfert thermique elevt avec une faible perte de charge. On 
presente des rtsultats experimentaux avec du R12. Les resultats sont compares a des formules existantes 
et il apparait la necessite d’une nouvelle correlation. L’equation suivante est etablie avec des don&es 
provenant de differentes sources (incluant la prtsente etude et celle de Chun et Seban) : 

Nu = 0,012Rr”~ZX Pr”=. 

Cette equation est valid&e par trois etudes additionnelles. 

OBERFLACHENVERDAMPFUNG AN TURBULENTEN FALLFILMEN 

Zusammenfassung-Aufgrund der sehr grol3en Wlrmeiibergangskoeffizienten bei gleichzeitig vernach- 
lissigbarem Druckabfall sind Fallfilmverdampfer fur kaltetechnische Anlagen und Warmepumpen sehr 
gut geeignet. In der vorliegenden Arbeit werden experimentell mit dem Klltemittel R12 ermittelte Ergeb- 
nisse vorgestellt. Diese Ergebnisse werden mit Korrelationsgleichungen aus der Literatur verglichen- 
daraus folgt die Notwendigkeit einer neuen Korrelation. Die folgende Gleichung wird aufgrund von 
Versuchsdaten aus drei Quellen entwickelt (dies sind auBer der vorliegenden Arbeit die Untersuchungen 
von Chun und Seban): 

Nu = 0,012Re0~28 Pr0.s3. 

Diese Gleichung wird mittels Daten aus drei zudtzlichen Untersuchungen bestatigt. 

IIOBEPXHOCTHOE HCTIAPEHHE TYPEYJIEHTHbIX CTEKAIOIIJHX I-IJIEHOK 

AmsoTnuan--Bnaronapn B~ICOKHM Ko3+#&imeHTaM TennonepeHoca B npeHe6pexuwMo canopy nepe- 

n~y~asneHH1nneHo~Hb1eHcnap~~en~~0~~~~~~~H0~cnonb30naTb~~~xono~b~oiiTex~HKe~ 

Te"JlOBbIX HaCOCaX. B AaHHOii pa6OTe Il~ACTaB,leHb, pe3ynbTaTb#3KClTepHMeHTWIbHOrO HCCneAOBaHHl 

XnaAOHa R12. npO~0rulTC~ CpaBHeHHe ~THX pe3ynbTaToB c HMeIOuusdsiCn B nHTepaType o6o6wato- 

lUHhlH COOTHOlUeHHSIMH,H IIpH3HaeTCS Heo6xoAHMoCTb IIOny'ieHWl HOBbIX 3aBHCtihtoCTeii.nO AaHHbIM 

apex pa3nwiHbIx HCTOSHHKOB (BKmo~a~ HacToKL9ee HccnenOBaHHe, a TaKme pa6oTy gaHa H Ce6aHa) 

BbIBeAeHOCneAyEOUWypaBHeHHe: 

Nu = 0,012Re0*28 PrO.sO. 


